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ABSTRACT

A pilot plant is comprised of direct contact membrane distillation module that is used for brackish water
desalination. The generated experimental data is used to validate a conventional mathematical model that describe
the heat and mass transfer operations in such units. The model governing equations are calibrated judicially without
over parameterization to make the model predictions accurate over a wide range of feed flow rates and temperature.
Specifically, the discrepancy between the feed sensible heat and heat flux must be correlated to the process parameters
and incorporated in the heat balance equations. This correction leads to enhanced prediction of the outlet permeate and
brine temperatures. An ad hoc tuning parameter is added to the mass flux equating to improve the accuracy of mass
production estimation. However, it is found that using a one-dimension model that accounts for variation of the bulk
temperature along the membrane length can enhance the mass production prediction significantly without the need for
unnecessary tuning parameter.
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INTRODUCTION

Direct contact membrane distillation is considered as an excellent process for water desalination due to many
attractive features (Alklaibi & Lior, 2005; Alkhudairi et al., 2012; Phattaranawik and Jiraratananon, 2001; Raut and
Kulkarni, 2012). DCMD is not sensitive to feed salinity because its driving force for water purification is the thermal
difference across the membrane. Since separation mechanism is based on water vaporization, DCMD can achieve
full rejection of salt ions and other non-volatile species. Because water vaporization occurs due to vapor pressure
difference across the membrane, which does not mandate high temperature, DCMD energy requirements are low and
hence can be operated by low-grade heat sources. DCMD can provide potable water for isolated and/or remote arcas
because of its simple structure. In fact, it requires low infrastructure and operates without connection to the electricity
grid.

Despite the appealing characteristics of MD, it is not yet commercialized as a large-scale technology for water
desalination (Nakoa et al., 2014; Khayet, 2010; Lawal and Khalifa, 2014; Pangarkar, 2011). This limitation is
attributed to high membrane cost, scaling and fouling and low recovery ratio. Moreover, low recovery ratio leads
to high specific energy consumption. For this reason, extensive research efforts are reported in the literature to deal
with several aspects of MD design and operation. Several authors performed experimental and theoretical studies of
brackish and seawater desalination using MD technologies (Nakoa et al., 2014; Lawal and Khalifa, 2014; Winter et al.,
2011; Andrjesdottir et al., 2013; Close and Sorensen, 2010). Other researchers sought performance improvement by
incorporating process arrangements and/or configurations such as implementing heat recovery systems (Drioli et al.,
205; Guan et al., 2015), employing brine recycling (Duong et al., 2015; Lokari et al., 2018) and the use of multi-stage
concept (Drioli et al., 2015, Geng et al., 2015). Many researchers investigated the use of low-cost energy to operate
the MD process. Appropriate integration of MD units with renewable energy sources can be found in Banat et al.,
2007; Lienhard et al., 2012; Chen et al., 2010. Similarly, altering or modification of the membrane module structure
such as the use of air-gap, vacuum, and sweeping gas and recently the development of water gap and material gap MD
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(Khalifa, 2015; Francis et al., 2013; Swaminathan; 2016; Safavi & Mohammadi, 2009) are also studied. These cited
references are just a sample of many others; in addition, several other efforts cannot be classified under the above
categories. Nevertheless, this is an indication of growing work to enhance the MD efficiency and operation to reach
the level of industrial application as a feasible water desalination technology.

In fact, DCMD performance in terms of water recovery is governed by coupled mass and heat transfer phenomena.
Andrjesdottir et al. (2013) indicated that despite the extensive experimental investigation, a better understanding of
the heat and mass transport phenomena needs to be established. To the best of our knowledge, the use of experimental
data to calibrate both the mass and heat transfer over a wide range of feed flow rate and temperatures is not widely
investigated. This work is a continuation of an earlier study (Ali & Orfi, 2018). In earlier work, the conventional
model of MD was able to match the experimental data for the various operating conditions without modification of
the model physical parameters such as porosity, membrane coefficient, and heat transfer. This modification leads to
over-parameterization of the process parameters for each feed flow rate and temperature. In this paper, we lay out
a straightforward and judicious way to calibrate the theoretical model without resorting to offhand corrections or
parameterizing the process physical parameters. In fact, a correction term will be added to the heat balance equation
to account for model-plant mismatch arising from modeling error and/or heat losses. In addition, one-dimension
model that address the temperature distribution with the length of the membrane sheet will be utilized. In fact, the
one-dimension and two-dimension models for MD process have been investigated by others (Eleiwi et al., 2016; Chen
et al., 2009; Zhang, 2011; Ashoor et al., 2012). Building a reliable model can facilitate the design and optimization of
such important separation technology. In addition, the analysis associated with modeling procedure can supplement
the perception of the fundamentals of the process and highlight the shortcomings of existing mathematical models

EXPERIMENTAL SETUP

The experimental data used here to validate the model is obtained from running a full-scale pilot-plant DCMD unit
developed by Solar Spring. The MD module is characterized by a 10 m? effective membrane-area, 230 um thickness
of the membrane, 14 m channel-length, and 0.7 m channel-height, 0.2 um pore diameter, and 2 mm channel-gap. A
photo of the unit and the schematic of the process flow sheet are shown in Figures 1 and 2. Other details are given
elsewhere (Ali & Orfi, 2018). The pilot plant provides data logging of various measurements including the water mass
production, and the inlet and outlet temperatures of the hot and cold streams. The temperature of the inlet hot stream
is regulated automatically using an external electrical heat exchanger. The temperature of the inlet cold permeate is
maintained via a cooler using a chilled tap water as a coolant. The flow rate of the coolant is manipulated manually
to control the temperature of the inlet permeate. A tap water with a salinity of 800 ppm is used a brackish water to be
distilled. The inlet permeate temperature is maintained around 25 °C for all experiments.

Fig. 1 Solar Spring MD module.
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Fig. 2 Schematic of the experimental setup of the MD process flow sheet.

THE DCMD MODEL

The mathematical equations that describe the mass and heat transport phenomena in the membrane distillation
are well developed in the literature (Nakoa, 2014; Mahmoudia, 2017). Description of the lumped-parameter model is
given in earlier work (Ali & Orfi, 2018) and is summarized here.

The water vapor mass flux (/) traveling through the membrane pores can be calculated by

kg
Jw = Cn(Py = Py) ("‘—) (1

In Equation (1), P, and P, are the vapor pressures of water determined at the membrane interface temperatures T, and
T, respectively. Typical Antoine equation is used to estimate the vapor pressure (Khayet, 2010; Lawal and Khalifa,
2014):

3841

Py = exp(23.238 — ——)(1 — C:)(1 — 0.5C; — 10C2) )
hm™—

3841
P, = exp(23238 — m) 3)
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C_ is the membrane coefficient calculated from three correlations depending on the type of mass transfer regime:

Knudson flow mechanism:

ko 2er (M 12 (4)
Cn = 3168 (TtRT)

Molecular diffusion mechanism:

D _ & PDMw
Cn =3 Pq RT )

Knudsen-molecular diffusion transition mechanism:

376 (mRT\Y2 15 p, RT] "
Cr(r:l = ——(—) 4+ -2 (6)
2 er \8M,, & PD My,

where T in Equations (4) to (6) is the average temperature at the membrane interface and given as follows:

T — Thm;‘Tcm (7)

The three flow regimes are based on the wall collision theory of water molecules. Each regime occurs at a specific
range of values for the mean free path of a water molecule.

The heat transfer process occurs in three steps:

i Convection from the feed bulk to the vapor-liquid interface at the membrane surface:
qr = he(Tp, — Tpm) (®)
ii. Convection from the vapor-liquid interface at the membrane surface to the permeate side:
qp = hp (Tcm - Tc) ©)
where 4 and hp denote the heat transfer coefficients on the feed and cold stream sides, respectively.
1il. Evaporation and conduction through the microporous membrane:
qm = JwHy + hy (T — Tem) (10)

where h_is the conductive heat transfer coefficient and is equal to k /3, where k£ and 6 denote the membrane
thermal conductivity and its thickness, respectively. H is the water latent heat, which can be estimated using Fard et
al., 2015:

H,(T) = 1850.7 + 2.8273T — 1.6 X 1073T2 (11)

The heat transfer coefficient in Equation (8) and (9) can be calculated using a correlation for the Nusselt number
appropriate for laminar flow (Alkhudairi, 2012):

Nu = 0.298Re %646 pr0-316 (12)

where Re is Reynolds number and Pr is Prandtl number.

The total heat flux across the membrane is directly proportional to the bulk temperature difference and can be
expressed as follows:
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H, = U(T, —T,) (13)

For countercurrent flow, the bulk temperatures are taken as T, = T}, in and T, =T, out"

The overall heat transfer coefficient is given by
-1

1 1
+ h_p (14)

JwHy
JAppr— L -
™ Thm=Tem

1
U=|—+

hy
Under steady-state operation, the heat transfer in the three individual parts of the system reaches equilibrium:

dr = 9dm = 4p (15)

Considering the macroscopic scale of the MD unit (Figure 3), the heat balance around the permeate side is given
by Zhang, 2011:

VAT = T0) = My ¢p(Teyyy = Te) a6)
e
Cout >~ Coul <« — My s dey,
_— - ————= » >

mhin ’ T}"in mhout ? T;Zout
Fig. 3 Schematic of the membrane module
where m_ and C, denote the mass flow rate and specific heat at a constant pressure, respectively. Equation (16) is

used to compute the permeate exit temperature, T, out Similarly, assuming a constant density and heat capacity, the
mass and heat balance around the feed side is given by

UAs(Ty, — T.) = mp, cp(Th, . — Tin) (17)

Equation (17) is used for computing Thou ¢ Note we consider Mp; = Mp . & Mme, .+ = Mc;, because the

mass production m,, is usually small compared to the feed mass rate. It should be noted in Equations (16) and (17) that
the heat losses are ignored. A general formulation should be

UAS(Th - Tc) + Hipss = me,.Cp (Tcou»E - Tcin) (18)

UAS(Th —T.) + Hipss = My, Cp (Thout - Tin) (19)
The overall mass balance is written as follows:

Mpiy = Mpgye T My (20)

mcout = mcin + my (21
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m,, is simply the mass flux multiplied by the effective surface area. The definitions of various variables, the
numerical values of physical and design parameters in equations and additional supporting correlations are provided
in various references (Chen et al., 2010; Safavi an Mohammadi, 2009).

One-dimension model

The governing equations of the one-dimension model are simply the same as those of the lumper-parameters
except that they are applied to an infinitesimal section of the membrane length denoted as control volume. A typical
control element of width Ax where mass and heat transport occur is depicted in Figure 4. The heat and mass balance
equations (18~21) are reformulated as follows (Zhang et al., 2011):

< AX: >
i T .1}
— > heat ‘
permeate
membrane
k=1 k=1 1 ; k ik
mL’ > T;’ mc ’]:J
«— —

Fig. 4 mass and heat transport through a membrane control element.

UAxh(T — TE) + Hypss = mc, (TE1 — TX) (22)
UAxh(T¥ — TE) + Hypss = mfc, (TR = Tf) (23)
mk =mk-1 —mk (24)
mk =mk-1 +mk (25)

These equations are solved sequentially starting from x = 0, corresponding to k£ = 0, which is the inlet point for the
hot stream and finishes at x = L, corresponding to k£ = N, which is the outlet point for the hot stream. L is the membrane
length and 7% is the height. The rest of the equations and correlations for mass transfer, heat transfer, etc. used in the
lumped-parameter model remain the same here. Note that the temperature gradient across the membrane width is
neglected assuming the effect of the axial temperature distribution on mass and heat flux is more significant. Although
the one-dimension and two-dimension models are applicable to flat sheet membrane, we implement them for spiral
wound membrane for simplicity.
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Fig. S Experimental measurement of and mass production at different feed flow rate and temperature.

RESULTS AND DISCUSSION

Experimental results

Figure 5 shows the pure experimental results owing to MD operation at different feed temperature and flow
rate. Specifically, the figure shows two measured variables, namely, the water mass production, which is the main
product of the unit and the permeate exit temperature. In fact, four stream temperatures are measured, but two of
these temperatures are fixed such as the hot feed inlet temperature (Ty;,,) and cold feed inlet temperature (T;, ). Out
of the remaining measured temperatures, the exiting permeate temperature is more crucial because it manifests the
thermal effectiveness of the process in term of heat transfer from the hot side to the cooler side. The figure includes
error bar to represent the standard of deviation resulting from several repetitions of the experiment. T, . represents
rational trend as it grows linearly with T,  because the energy capacity grows with hotter feed. However, it depicts
an interesting response to increasing feed flow rate. Indeed, T, response becomes almost identical with minor
variation as feed flow rate exceeds 100 L/h. At high flow rates, the permeate temperature reaches a maximum value,
which cannot be exceeded because of heat loss due to conduction and thermodynamic limitation, i.e., irreversibility.
On the other hand, at flow rate of 100L/h and less, the heat losses to the soundings could be higher because of larger
residence time enforced by low flow rate. The combination of increased heat loss to the surroundings and lower
heat transfer coefficient due to lessened flow rate results in lower values for T ,. As far as the mass production is
concerned, it illustrates compatible results to those reported in the literature especially in terms of its response to
feed temperature and feed flow rate. For example, m,, grows with Ty, proportionally because of increasing thermal
driving force leading to rapidly growing vapor pressure. Moreover, the mass production propagates with feed flow rate
proportionally although the driving force, i.e., the temperature difference across the membrane (AT), saturates for flow
rates higher than 100 L/h. Although (AT) saturates, a small variation still exists affecting water vaporization. In fact,
mass flux depends not only on the temperature difference at the endpoints but also on the temperature difference along
the membrane length. In fact, the bulk temperature may have different distributions along the length and thickness of
the membrane as reported by (Eleiwi et al., 2016). An exception is at a flow rate equal to and less than 100 L/h where
the mass production is lower even though it corresponds to higher driving force (AT). This can be attributed to reduced
mass transfer coefficient due to reduced average membrane temperature. The behavior of T, . and m,, will be further
discussed using model simulation to seek better explanation of the process results.
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Heat loss prediction

To make the MD model predict the process behavior over a range of feed temperature and flow rate as shown
in Figure 5, the model must be calibrated. In Earlier work (Ali 7 Orfi, 2018) the model had to be overparametrized
to match the measured data for each operating condition. To avoid such parameterization and maintain the model
productiveness we seek judicious model modification. For this reason, we test the model using the measured data
such as mass flux, j,,, exit permeate temperature, Teour’ and hot feed temperature, T, in 38 described by the phase 1 of
the organigram shown in Figure 6. In this case, the measured data is used in the model to estimate the temperature
at the membrane layers (T,, & T,,) and the overall heat transfer coefficient, U via iteration. At this phase, only the
bulk temperature on each side is needed. For lumped-parameter model, the bulk temperature for the hot side is taken
as Ty, and that for the cold side as T, ,. Afterward, the sensible heat and heat transport are calculated where the
measured Ty, and Tj, . are also involved.

design parameters: €y, O, 1, d, A, I, Ay

operating condition: O,-0, T, Te,

| Compute: 4, uy, u, |

| Measured data: Teou, Jv, Thou |

| Assume: Tion>Tem |

I Compute: Py, Pa, ¢, hy, by, by Hy, U [®
v

| H=UT, -T,) |

[T =T =H /s T =T, +Hh, ]

NO | Ty =T,

T, =T,
YES
Compute:
AH y = 0Oy pCp(Ty, =T, )
AH, =0, pCp(T, T, )
H, =U(T, ~T,,,)
¢ Phase 1
Correlate:
Hips =AH ; —H, =UZ 4,(T, -T,)P
Estimate: Phase 2
Th =T, —(Hi Ay + Hiog ) (O, PCP)
T, =T, —(H A+ Hyg ) /O, PCP)

Fig. 6 Organigram for computing heat losses using measured data.

In phase 2 of the organigram, the inlet cold temperature T, in> @nd the outlet brine temperature Thou p» are determined
using heat balance on each side of the membrane which comprises sensible heat and heat loss correlation. Although
T;, 1s known a priori because it is fixed as an operating point, the solution algorithm for counter-current flow mandates
assuming T . ahead to compute the inlet permeate temperature. The procedure is repeated until the calculated T,
match the measured one. Calculation of the heat loss correlation is explained as follows.
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Correction of Heat Balance

Figure 7 illustrates the sensible heat lost from the hot stream (AH,), the sensible heat gained by the permeate
stream (AH,) and the heat transfer from the hot side to the cold side. As expected the sensible heat increases with both
temperature and flow rate. The sensible heats for hot and cold streams are almost equal at high flow rate indicating
minimum heat loss to the ambient. At low flow rate, i.e., 100L/h, a small discrepancy between AH; and AH, exists
indicating possible heat loss to the ambient. At low flow rate, the heat transfer coefficient is trivial and the residence
time of the fluid inside the membrane is high, which may lead to heat losses to the surroundings.
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Fig. 7 Sensible heat and heat flux at different operating points.

Similarly, Figure 7 shows that the heat transport is proportional to feed flow rate and temperature because the heat
transfer coefficient is likewise proportional to temperature and fluid velocity. The driving force (AT = Ty, — T¢,,,.)»
which is a major factor in the amount of heat transport, grows with feed temperature too as indicated in Figure 7.
However, the feed flow rate has a different effect on the driving force. The latter has a large value at a flow rate equal
to or less than 100L/h compared to those at higher flow rates. For high flow rates ranging from 150 L/h to 300 L/h,
the driving force increases marginally with flow rate. The combined effect of heat transfer coefficient and AT creates
the gap between the sensible heat and heat transferred. This indicates that the sensible heat extracted from the hot
stream was not fully utilized as a portion of it is lost to the ambient, conduction resistance and/or thermodynamic
irreversibility. Although uncertainty is associated with measured data, the sensible heat is considered reliable because
it is based purely on measurement. In contrast, the amount of heat transferred is based on measurement and model
correlations subject to modeling errors. Therefore, the gap between sensible heat and heat transferred can also be
partially or fully due to modeling errors.

The heat loss to surroundings is minor and diminished with feed flow rate as discussed earlier. It can be neglected
or added to Equation (19) to improve the prediction of Ty, ,. The total heat loss is considerable and increases with
feed flow rate as discussed earlier. The amount of energy loss must be incorporated in Equations (16 and 17) to
improve the prediction of Ty, ., and T;,. Obviously, the total heat loss varies with feed temperature and flow rate
as shown in Figure 7; hence it must be correlated to both temperature and flow rate to make Equations (18 and 19)
predictive over a wide range of operation conditions. The easiest way is to formulate the heat loss as a common heat

transfer law as follows:

Hyoss = U%AmATﬁ (26)
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where U, and A4, are the overall pseudo-heat transfer coefficient and surface area for the module, respectively.
In Equation (26), the temperature effect is involved explicitly, and the effect of flow rate is involved implicitly via
U,,. Since this is an approximation and to cover a wide range of operating points, the correlation is tuned via the
calibration parameters, i.e., a and . The pseudo-heat transfer coefficient is calculated using Nusselt number for the
average fluid inside the membrane. The pseudo temperature difference AT is taken as the difference between the hot
fluid bulk temperature and the ambient temperature. The correlation is fitted to the measured heat loss by numerical
optimization. The calibration parameters are found to be a = 2.33 and 3 = 0.66. Note that these parameters are fixed;
i.e., they do not need retuning each time the model is used. In addition, these parameters are global, which means they
can be used for the entire operating conditions shown in Figure 5. To test the effectiveness of the calibrated heat loss
correlation, phase 2 of the organigram is conducted and the result is demonstrated in Figures 8 and 9. The estimated
inlet permeate temperature and brine outlet temperature are in good agreement with the corresponding measured
values; e.g., the differences are within 1 °C. The behavior of T,;, shows fuzziness and ambiguines because higher
uncertainty is associated with its measured value. High and frequent fluctuation are observed in T, due to sensor
uncertainty as well as the manual control of the coolant flow rate to regulate the permeate inlet temperature. Note
that experimental data was used to estimate the heat losses and consequently T;; & Tj, . to minimize the effect of
modeling error. Moreover, the heat losses to the surrounding, T, & Tj, . have a distinguished trend at a flow rate of
150 L/h. A thorough thermodynamic analysis is carried out for this purpose and will be published shortly.

26 26
| 100L/h 150L/h
o 2 + &) 25+
g | g
=7 24 » =0 2
| —&— model —=— Exp L —&— model —=— Exp
23! 23
26 26
| 00L/h 250L/h
|
T 25 t T 25
L
5 24 0 24
| —&— model —=— Exp —&— model —=— Exp
231 23

26

300L/h
b
249

—®— model —#— Exp

[C]

cin

23
50 60 70 80

Thin €]
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Model prediction of mass flux

It is crucial to improve the model thermal prediction via adjusting the heat balance before seeking enhancement
of model prediction of mass production. Although the heat balance part of the model is not directly involved in the
mass transfer calculations, they are interrelated via the overall heat transfer coefficient, U. Moreover, T; ), . has a direct
influence on the mass production where, in counter-current flow pattern, accurate estimation of T , is necessary to
ensure perfect prediction of mass flux. The model is simulated according to the organigram shown in Figure 10. In
this case, the model is solved to determine the mass flux/production, permeate outlet temperature, and brine outlet
temperature. No measured data is used except the input conditions, e.g., feed flow rate and feed temperatures for the
cold and hot streams. The predicted mass production is shown in Figure 11. The dotted line indicates departure of
the predicted mass flux away from the measured one. The problem with the model prediction of J, is that the water
vapor pressure grows exponentially with temperature which makes the model-based mass flux diverge away from
the measured value especially at high temperatures. One way to reduce the rapid growth of the predicted J,, with
temperature is to reduce the membrane mean temperature, i.e., to make Ty, closer to T.,,. However, since T, and T,
cannot be measured, it is impossible to validate the computed membrane interface temperatures. Alternatively, we
choose to use damping factor as follows:

Enter design parameters: €y, O, r, d, Ay, [

Enter operating condition: Oy, .0, .7, .T,

in in in

| Compute: 4, uy, u, |

4>| Assume: T pu |
v

| Assume: T70.70 |

v
[ compute: Py, P, c,i, By, by, hy H,, U, J, &
) |

] H=U(T, -T,

out

| T =T, —Hihs T,

cm

=TT, ]

0 _7J
T}tm_]’;lm
0 _7J
T, _Tcm

cm

(1, -1

hm

J+ (1, -7, )| < 2¢

Thau, = Th,,, - (HAS +Hjpgq ) / (thpCp)
f‘cm = ];,om - (HAY + HZOSS ) / (Qcin pcp)
¢—No
v YES

Print: Thout; Tcout, Thm: TcmaJw

Fig. 10 Organigram for MD model solution.
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]W = m(Pl - PZ)O'B (27)

Implementing the modified formula for the mass flux, the predicted mass production is enhanced substantially as
shown in Figure 11. The corresponding predicted outlet temperatures are depicted in Figures 12 and 13. Note that
T; 5, 18 calculated here for given T;;, which shows perfect match of the experimental data except for flow rate of 100
L/h. Ty = Ty,,,, delivered good match of the measured data except at low lowest flow rate. Note that the heat loss
correlation (Equation (26)) is fitted using data for flow rates range of 150~300 L/h only. The inclusion of the data for
a flow rate of 100 L/h will sacrifice the performance for all operating flow rates because the heat loss correlation has
only two degrees of freedom, i.e., a & P.
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Fig. 13 model-predicted T, = T}, , at selected feed flow rates and Temperature with T;,, = 25°C.
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One-dimension MD model

Previous model results are based on a lumped-parameter model, which suffers from a notable mismatch between the
predicted and measured mass flux when no damping factor is utilized. Another way to enhance the model prediction is
to use one-dimension model to capture the complex relation between the mass and heat fluxes. By one-dimension, we
mean the axial-direction x that represents the membrane longitude. In fact, as a long membrane sheet is utilized, it is
essential to study the variation of the process variables with the x-axis, i.e., membrane length. The solution algorithm
for solving the one-dimension model is depicted in Figure 14.

Enter design parameters: €y, 8, 7, d, A, I, h, Ax

Enter operating condition: @y, .O, .T), .T,

| Compute: 4, uy, u., N = lI/Ax |
—>| assume T,,,, let T =T,,,,,}£0 =T Oh =th’Qr0 =0, |
ey ]
| Assume:  7j,. T, |
| Compute: Py, P, c,”: B, By, by Hy, U, J "7

| H=U(T‘,E‘" —7F |

) =T, ~H/h;:  Th,=T. +H/h, |

Cou

0

T =T

cm cm

—T7/
=T

NO

(r; -1 <2

hm

)+ (T, -10)

T =T~ (HAxh+ H,,, ) [(Q4pCp)
T} =T/~ (HAxh+ H,, ) /(QpCp)
0y =0 —J,Axh i p
of =0 +J Ak p

=

YES

<+—No

¢ YES
Print! Tw, Teou, Tam, Tem»Jw

Fig. 14: Organigram for the solution of the one-dimension model.

In this algorithm, the MD model equations and correlations remain the same; however, the solution procedure is
carried out on infinitesimal volume along the membrane length. The solution starts at the edge where the hot stream
is fed, corresponding to x = 0, and finishes at the other edge where the hot stream exits, which corresponds to x = L.
At x = 0, the temperature of the hot stream is prespecified; however, since we are dealing with counter-current flow
regime, the temperature of the exiting permeate is unknown. Therefore, T, , is assumed and the solution mechanism
proceeds step-wise till the end of membrane length. The computed permeate temperature at x = L must equal the
prespecified permeate inlet temperature (T;, ). If they match, the solution algorithm stops; otherwise, the procedure
is repeated again. Within this iteration loop, another inner iteration is carried out to determine the membrane interface
temperatures. Unlike the lumped-parameter model, the heat balance equations play a crucial role in calculating the
mass transfer. In the lumped-parameter model, the heat balance equations specify the brine and permeate temperatures
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at the terminal point of the MD module, which has no influence on the mass transfer calculations. In the one-dimension
model, the computed brine and permeate temperatures are used as the feed temperatures for the next control volume,
i.e., an infinitesimal section of the membrane length. These interim temperatures affect the calculated mass flux within
the membrane section. This mechanism is repeated for the entire sections comprising the membrane length. The
generated temperature and mass flux gradient are shown in Figure 15 for feed flow rate of 300 L/h. It is clear that both
the bulk and membrane interface temperatures vary considerably with membrane length. The trend becomes narrower
and slightly nonlinear at high hot feed temperatures. This behavior made the calculated mass flux vary substantially
from the inlet to the outlet point membrane module. A similar simulation can be obtained for other flow rates. As a
result, enhanced prediction of the mass production is obtained as illustrated in Figure 16. Note that the estimated mass
flux in the one-dimension model does not utilize the damping factor implemented in the lumped-parameter model.
The other corresponding outputs of the model such as the exit permeate and brine temperatures are also demonstrated
in Figures 17 and 18. The outlet permeates temperature presented perfect match of the measured data overall selected
operating points because the model solution algorithm imposes constraints on T, which is strongly related to Tc , ,.
The outlet brine temperature delivered good agreement with the measured values with a maximum discrepancy of 1.2
°C. Better tracking of the plant data can be sought by imposing additional constraint in the solution algorithm but this
will be at the expenses of adding additional tuning parameter or altering one of the process parameters. But we chose
to keep the model as simple as possible.
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Fig. 15 Temperature and mass flux gradient along membrane length for Q =300 L/h.
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Fig. 16: Mass production profile obtained by using one-dimension model.
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Fig. 17 Outlet permeate temperature for selected operating conditions using one-dimension model.
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Fig. 18 Outlet brine temperature for selected operating conditions using one-dimension model.

CONCLUSIONS

Typical mathematical model for direct contact membrane distillation is fitted using experimental data over a range
of operating conditions for the feed flow rate and temperature. The model equations calibration is achieved without
over-parameterization of the process parameters to keep the value of the physical parameters of the process meaningful
and reasonable. It is found that augmenting the heat balance equations by adequate heat loss estimation is crucial to
improve the prediction of the thermal behavior of the process. However, the lumped-parameter model suffers from
significant mismatch in predicting the mass flux/production. This is because lumped-parameter model considers the
bulk temperature for the cold and hot sides constant over the entire length of the membrane sheet. For this purpose, a
one-dimension model is utilized and provided excellent estimation of the mass production. The maximum and average
calculated relative errors in the mass production are 19 and 6.6 %, respectively.
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NOMENCLATURE
A, Surface area, m?
A Cross-sectional area, m?
A, Hypothetical surface area, m?
C, Permeability coefficient, kg/m’*sPa
ck Knudsen mass flux coefficient, kg/m?*sPa
Ca Moléculaire diffusion mass flux coefficient, kg/m?sPa
ct, Transition mass flux coefficient, kg/m’sPa
G, Heat capacity, J/kg K
C, Salt concentration, %
H, Latent heat of vaporization, J/kg
H, Overall heat flux, W/m?
Hipg, Heat loss, kW
H, Feed sensible heat, kw
H, Permeates sensible heat, kw
hy, hy, B, Feed, permeate, and membrane heat transfer coefficient, W/m? K
h Membrane channel height, m
g Mass flux, kg/m? h
ko Membrane conductivity, W/m K
L Membrane length, m
M, Molecular weight of water, g/mole

My, Mp,,,, Hot water inlet and outlet flow rate, respectively kg/h

MeipMeyy,e  Cold water inlet and outlet flow rate, respectively kg/h

m,, distillate flow rate, respectively, kg/h

Nu Nusselt Number

N Number of divisions of the membrane length
P, P, Vapor pressure at feed and permeate membrane surface, Pa

PD Membrane pressure multiplied by diffusivity, Pam?/s

P, Entrapped air pressure, Pa

Pr Prandtl number
ar dp Heat transfer rate at feed and permeate sections, W/m?

Im Heat of evaporation and conduction, W/m?
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r Pore size, m
R Ideal gas constant, J/mole K
Re Reynold Number
T, T Feed (hot) and permeate (cold) bulk temperature, K
Toms Tem Feed and permeate membrane temperature, K

Thoue Thin  Outlet and inlet hot feed temperature, C

Tepuer Tein  Outlet and inlet cold stream temperature, C
U Overall heat transfer coefficient, W/m?K
Un Pseudo overall heat transfer coefficient, W/m?K
X X- axis

Greek letters

a Heat loss tuning parameter
B Heat loss tuning parameter
g Porosity

€ Termination criteria

T Membrane tortuosity

) Membrane thickness, mm
p Density, kg/m*

A Difference operator
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